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ARTICLE INFO ABSTRACT

Keywords: Biomass absorption enhanced reforming (AER) gasification technology uses CO2 absorbent as bed material,
D‘ual ﬂuidize‘cT be§ which can cleanly and efficiently realize the enrichment of Hy and the removal of CO; in the product gas.
Biomass gasification However, the in-depth understanding of complex gas—solid flow characteristics and thermochemical behavior in

CO,, absorption
MP-PIC
Numerical simulation

the AER gasification process is still lacking. This work integrates heat transfer and complex reaction kinetics
regarding gasification, carbonation, and calcination based on the multiphase particle-in-cell (MP-PIC) method.
After model validation, biomass gasification in a pilot-scale dual fluidized bed (DFB) system is numerically
studied under the conventional gasification and AER gasification conditions. The physical-thermo-chemical
behavior under two gasification conditions is quantitatively compared and analyzed, and the influence of
several key operating parameters on gasification performance is investigated under the AER gasification con-
dition. The results show that compared with conventional gasification, AER gasification has the characteristics of
(i) the particle movement is more gentle, which is beneficial to the heat and mass transfer process between the
bed material and the biomass particles; (ii) the temperature difference in the two reactors is larger and the
temperature of reactors is lower, which is beneficial to the carbonation in the gasifier; (iii) it reduces the mole
fraction of CO3 by 76.67 %, increases the mole fraction of Hy by 54.58 %, which greatly improves the quality of
the gas products. In addition, under the AER gasification condition, increasing the gasification temperature
promotes the carbonation reaction and methane steam reforming reaction, thereby improving the gasification
performance. The change in steam flow rate has no significant impact on the gasification performance.
Furthermore, properly adjusting the content of absorbent can reduce the cost of bed materials. The present work
provides a cost-effective approach to gaining insight into the physical-thermo-chemical behavior of AER

gasification.

(syngas). Therefore, biomass gasification technology currently repre-
sents one of the predominant approaches for biomass energy utilization

1. Introduction [6,71.
Biomass gasification for hydrogen production refers to the thermo-
As global warming intensifies and the energy crisis worsens, biomass chemical conversion of biomass into syngas. This process is carried out
has gathered lots of attention from researchers as an environmentally under high-temperature conditions using gasification agents, such as air,
friendly renewable energy source [1-4]. Compared to traditional fossil oxygen, steam, and carbon dioxide. The choice of gasification agent has
fuels, biomass resources are abundant and low-cost. Moreover, the a significant influence on the volume fraction of hydrogen and the
amount of COy accumulated by biomass during its growth is equal to the heating value of the syngas [8]. The addition of steam during the gasi-
amount of CO; released, enabling carbon neutrality throughout its fication process will enhance various reaction processes, including
lifecycle [1,5]. The stored energy in biomass can be utilized through gasification reaction, water—gas shift reaction, and methane steam
both combustion and gasification processes. However, direct biomass reforming reaction, leading to increased hydrogen generation. Besides,
combustion will produce a significant number of pollutants and pollute biomass steam gasification exhibits three times higher hydrogen pro-
the environment. In contrast, biomass gasification not only generates duction rates compared to air gasification, with lower by-product

heat and electricity but also yields valuable gases, such as CO and Hy
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Nomenclature Ygi Mass fraction of i" gas specie (-)
A Particle acceleration (m/s%) Greek symbols
Ap Particle surface area (m?) 13 Model param'eter e
o Specific heat capacity of particle (J/(kg-K)) o Vol.ume fraction (f) )
Cv Specific heat capacity of gas phase (J/(kg-K)) Ocp Soh(.i Volum.e 'fra.lctlon at close-packing state (-)
d, Diameter of the solid phase (m) & Particle emissivity (-) o
Dy Mass diffusion coefficient of gas (m%/s) Ag The molecu.lar c9nduct1v1ty of the gas phase (W/(m-K))
D, Drag function coefficient (-) Hg Gas shear v1scc3)51ty (kg/(m:s))
fo Distribution function of particle (-) I4 Density (kg/m") 5 4
Fy Interphase force between the gas and particle phases (N) o Stefa’ln-BoltZ}n’ann constant YV/ (m™K")
g Gravitational acceleration (m/s%) 7 Particle collision damping time (s)
hy Specific enthalpy of gas (J/kg) Tg Gas stress tensor (Pa)
AH,, Heat source forming from chemical reactions (W/m?) ™ Inter-particle stress (Pa)
k Reaction rate coefficient (L/(gcat-S)) Subscripts
m Mass (kg) L g Gas phase
wa,i molar mass of particle i , i Particle i
omy Mass source term (kg/(m”-s)) p Particle phase
Sm;, The net consumption or production rate of gas specie i (kg/
(m®-s)) Acronyms
Nu Nusselt number (-) AER Absorption enhanced reforming
Dq Pressure of gas phase (Pa) BFB Bubbling fluidized bed
P, Pressure constant (Pa) CFB Circulating fluidized bed
Pcoo Partial pressure of CO, (Pa) CFD Computational fluid dynamics
Pr Prandtl number (-) CFD-DEM Computational fluid dynamics — discrete element method
q Heat flux (W/m?) CGC Combustible gas (e.g., Hy, CO, CHy4) concentration
Q Enthalpy diffusion (W/m>) DFB Dual fluidized bed
Re Reynolds number (-) LHV Lower heating value
Sep Gas-solid energy exchange rate (W/m?) MP-PIC  Multiphase particle-in-cell
Sew Gas-wall convective heat transfer (W/m?) PDF Particle distribution function
t Time instant (s) PSD Particle size distribution
T Temperature (K) RME Rapeseed methyl ester
u Velocity(m/s)

content, thereby making it the first choice for hydrogen production from
biomass gasification [9]. However, one major drawback of biomass
gasification is the presence of CO; in the syngas, resulting in a significant
reduction in the calorific value and usable value of syngas. Conse-
quently, the syngas usually cannot be directly used. To address this
issue, some researchers have proposed the addition of solid CO5 adsor-
bents during the gasification process to decrease CO5 in the product gas
and simultaneously increase the concentration of combustible gases,
primarily hydrogen. This process is known as absorption enhanced
reforming (AER) gasification. Calcium-based limestone, which possesses
high carbon dioxide absorption capacity, catalytic activity, and cost-
effectiveness, is commonly employed as the bed material for

hydrogen-rich gasification [10-12].

Fluidized bed gasification systems can achieve improved gas-solid
mixing efficiency and reaction rates, making it a promising option for
large-scale commercialization [6]. According to the heat transfer modes,
fluidized bed gasifiers can be divided into auto-thermal gasifiers and
hetero-thermal gasifiers [13]. The auto-thermal fluidized bed gasifiers
supply heat directly by the oxidation reaction within the gasifier, typi-
cally using air or pure oxygen as the gasification agent. However, this
approach reduces the heating value of product gas or requires expensive
air separation units [14]. Conversely, the hetero-thermal gasifier em-
ploys an external heat source for providing heat, commonly utilizing
steam as the gasification agent. The dual fluidized bed (DFB) is

H,-rich
product gas Flue gas
Gasification Bed material Combustion Additional
Biomass + circulation + fuel
CO,-absorption CO,-desorption
(600-700 °C) (800-900 °C)
CaCo, /
Char

Steam

Air

Fig. 1. Schematic diagram of biomass AER gasification process [4].
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Table 1

Chemical reaction and reaction rates [43,44].

Chemical reaction equation

Chemical reaction rate

R4: C + 02—CO>
R5: C + H,O < CO + Hy

R6: C + COz «2CO

R7: C + 2Hy > CH,4

R8: CH4 + H,0—-CO + 3H,

R9: CO + H,0-CO; + H2

R10: Ci6H3z4 +
24.50,—-16C0; + 17H,0

rs = 4.34 x 10’mTpexp(—13590/T,)[0>]

rsp = 6.36m, Tpexp(—22645/T,)[H,0]

rsy = 5.218 x 10~*mT2exp(—6319/T, — 17.29)
[H,][CO]

Tes = 6.36m Tpexp(—22645/T,)[COo]

Ter = 5.218 x

10~*m, T2exp(—2363/T;, - 20.92)[COJ*

17 = 6.838 X

10 ~*m Tpexp(—8078/Ty, - 7.087)[H,]

17 = 0.755m ToSexp(—13578/T,, - 0.372)[CH,)*®
rg = 3 x 10°exp( - 15042/T,)[CH,][H,0]

19 = 7.68 x 10'%exp(—36640/T,)[CO|*°[H,0]
10 = 3.8 x 10 exp( - 1.255 x 108/
RTg)[C16H34]0'25[02]1'5
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Ca0+CO, =CaCoO,
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£
=
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Fig. 2. The equilibrium partial pressure of COy (Pco2, ¢q) as a function of

temperature [45,46].
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considered a typical hetero-thermal gasification system, which offers
noteworthy advantages such as high efficiency, intensified gasification,
and exceptional fuel adaptability and has gained widespread usage
globally. A typical DFB system primarily comprises two independent
reactors: a gasifier and a combustor [14]. Within the gasifier, biomass
fuel is converted into syngas with a high heating value through a series
of processes including drying, pyrolysis, and gasification. The bed ma-
terial flows into the combustor along with the remaining char particles,
where the remaining char and supplementary fuel combust to heat the
bed material and provide the heat for the gasification reaction in the
gasifier.

Fig. 1 shows the schematic diagram of the biomass AER gasification
process. The main component of the circulating bed material is usually
Ca0/CaCOs, which can not only act as the heat carrier but also be used
to selectively transport carbon dioxide in the product gas. CO is
absorbed in the gasifier and then released after being transported to the
combustor, thereby reducing the CO5 in the product gas and increasing
the content of Hy. Due to the existence of carbonation reaction, the
temperature in the gasifier is generally 600-700 °C under the AER
gasification condition. The temperature of the calcination reaction in the
combustor is 830-930 °C [15]. The reaction equation can be given by:

CaCO; 5 CaO +CO, (RD

In the past few years, researchers have carried out a large number of
experimental studies on the DFB biomass AER gasification system
[16-18]. However, due to the difficulty of measurement under high-
temperature conditions and the complexity of gasification reaction ki-
netics, the experimental research is time-consuming and difficult to
carry out. At present, the comprehensive understanding of hydrody-
namics and thermochemical characteristics during the biomass AER
gasification process in the DFB system is still lacking. With the
improvement of computer capacity and numerical algorithms, the uti-
lization of computational fluid dynamics (CFD) for numerically inves-
tigating the process of fluidized bed biomass gasification has become an

Table 2
Operating temperatures under the two gasification conditions.

Reactor Conventional gasification AER gasification
Gasifier 838 °C 600 ~ 750 °C
Combustor 900 °C 894 °C
Combustion B
@
8 0.265m
et —
-2 1
3.9m
2.35m
0.098m
-
|
i

(b) (©)

Fig. 3. Schematic diagram (a) [50,51], geometric model (b), and grids (c) of DFB.
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Table 3
Ultimate analysis and proximate analysis of biomass.

Chemical Engineering Journal 483 (2024) 148723

Ultimate analysis (%)

Proximate analysis (%)

C H o] N S cal M A v FC LHV (KJ/Nm®)
47.16 5.67 40.73 0.05 0.005 0.003 6.11 0.27 81.17 12.72 17.46
scale in fluidized equipment [22]. In contrast, under the Eulerian-
Table 4 Lagrangian framework, the solid phase motion is solved under the
Composition of the olivine. Lagrangian framework and detailed information about particles can be
Composition MgO Si0, Fe,03 Al,O3  CaO NiO obtained, such as particle trajectory and particle size change. Compu-
Proportion(%)  46.2-48.1  37.6-404  7.7-101 08 <04 37 tational fluid dynamics - discrete element method (CFD-DEM) and

accurate, cost-effective, and reliable method. Alobaid et al. [19] pro-
vided a comprehensive review of multi-scale numerical approaches for
simulating gas-solid flow in fluidized bed reactors, presenting detailed
information on the development of 3D CFD models and their applica-
tions in various gas-solid fluidized bed systems. They also offered sug-
gestions for further research in the field of 3D CFD simulation of
fluidized beds. Moreover, CFD can provide crucial guidelines for the
design, optimization, and expansion of reactor parameters [20,21].
Based on the treatment method of solid phase, existing multiphase nu-
merical simulation methods for dense gas—solid two-phase flow can be
divided into the Eulerian-Eulerian framework and the Eulerian-
Lagrangian framework. The former embraces the continuum assump-
tion and regards both the gas phase and the solid phase as continuous
phases. Although this approach shows great computational efficiency, it
falls short in accurately modeling gas—solid flow within the dilute phase
region of the fluidized bed. Additionally, it fails to predict detailed
particle-scale information, thereby limiting the study of microscopic

Table 5
Composition of the calcined calcite.

multiphase particle-in-cell (MP-PIC) are two typical methods under the
Eulerian-Lagrangian framework. The CFD-DEM method accurately
tracks individual particles and describes particle-particle collisions
using the soft sphere model. This approach enables precise resolution of
particle-scale information but requires a significantly reduced time step
and considerable computational resources. Consequently, its application
remains most appropriate for laboratory-scale calculations involving a
limited quantity of particles [22,23]. Compared with the CFD-DEM
method, the MP-PIC method introduces the concept of calculation par-
ticles and significantly reduces the number of calculation particles by
assigning one computation particle to represent multiple real particles
that have the same properties. Furthermore, the MP-PIC method sim-
plifies inter-particle collisions with a solid stress model, thereby further
reducing the computational requirements. These strategies enable the
MP-PIC method to capture particle-scale information also efficiently
calculate large-scale systems, balancing numerical accuracy and
computational efficiency [24,25]. Therefore, this method proves highly
suitable for simulating dense gas—solid reaction systems at both pilot and
industrial scales.

Composition CaO CaCOg3 MgO Si0, Fe,03 Al,O3 Trace elements
Proportion (%) 53.05 40.95 0.7 2.77 0.6 1.4 0.53
0.0000 0.0005 0.0010 0.0015 0.0020 0.0025 0.0030
100 " 1 " 1 " 1 " 1 " 1 "
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—a#— QOlivine
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S
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Z
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Fig. 4. Particle size distribution.
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Table 6
Operating parameters of the DFB under the two gasification conditions.
Parameters Conventional AER
gasification gasification
Gasifier
Biomass feed rate (kg/s) 0.00695 0.00695
Biomass temperature (K) 298 298
Inlet steam flow rate (kg/s) 0.00253 0.00439
Steam temperature (K) 573 573
Combustor
Primary air flow rate (kg/s) 0.00115 0.00058
Primary air temperature (K) 673 673
Secondary air flow rate (kg/s) 0.00706 0.00865
Secondary air temperature (K) 673 673
Gas products flow rate (Nm®/s) 0.046 0.035
Gas products temperature (K) 353 353
RME flow rate (kg/s) 0.00062 0.000225
RME temperature (K) 353 353
Operating pressure (MPa) 0.1 0.1
Solid volume fraction at close pack (-) 0.6
Particle normal-to-wall retention 0.9
coefficient (-)
Particle tangential-to-wall retention 0.3
coefficient (-)
Fraction coefficient (-) 0.3
Time step (s) 1.0 x 107*
Table 7
Operating parameters of different cases under the AER gasification condition.
Case T, (°C) Qs (kg/s) a(-)
Base case 650 0.00439 100 %
Gasification temperature 600 0.00439 100 %
650 0.00439 100 %
700 0.00439 100 %
750 0.00439 100 %
Steam flow rate 650 0.00329 100 %
650 0.00439 100 %
650 0.00549 100 %
650 0.00658 100 %
Absorbent content 650 0.00439 25 %
650 0.00439 50 %
650 0.00439 75 %
650 0.00439 100 %

Over the past decade, the MP-PIC method has been successfully used
in numerical studies of biomass gasification in fluidized bed systems. For
instance, Liu et al. [26] studied the 1 WMth pilot-scale dual fluidized bed
biomass gasification system. They found that the solids volume fraction
in the lower regions of the combustor was significantly affected by
particle size distribution (PSD), while the higher regions were not
affected much. Sun et al. [27] conducted a simulation study on biomass
gasification in an 8 WMth industrial-scale dual fluidized bed. The results
showed that increasing the height of the solids stockpiles enhanced heat
transfer performance, which lead to an increase of the vertical gas
temperature in the gasifier while a decrease in the vertical gas temper-
ature in the burner. Kong et al. [4] further studied the 8 MWth dual
fluidized bed biomass AER gasification process. The results showed that
the gas quality of AER gasification was greatly improved compared with
the conventional gasification process. For the AER gasification process,
increasing the gasification temperature and steam-to-biomass ratio
improved the gasification performance. However, it should be pointed
out that the present simulation works still focus on the conventional
gasification process in the fluidized bed reactor, and mainly study the
macroscopic motion of gas and solid phases. Few studies have been
conducted on the biomass gasification process combined with the CO,
absorption enhancement process.

To address the research gap, the present work introduces two key
contributions. Firstly, we have developed a rigorously validated MP-PIC

Chemical Engineering Journal 483 (2024) 148723

reactive model that incorporates comprehensive sub-models, including
gas turbulence, inter-particle/phase interactions, heat transfer, mass
transfer, particle shrinkage, and complex reaction kinetics (e.g., gasifi-
cation, carbonation, and calcination). Secondly, we have investigated
the thermophysical characteristics of dense gas-solid reactive flow in a
100 KWth pilot-scale DFB system to uncover the underlying mechanism
of biomass gasification. By numerically studying the effects of various
key operating parameters on the gasification performance, we have
demonstrated the superiority of AER gasification over conventional
gasification. These findings provide valuable insights for reactor design
and process optimization. The structure of this work is as follows: Sec-
tion 2 details the gas-solid two-phase governing equations and the
chemical reaction model. Section 3 presents the numerical setup and
model validation. Section 4.1 analyzes the gasification process of con-
ventional gasification and AER gasification from the aspects of gas—solid
flow, temperature distribution, and gasification products. Section 4.2
discusses the influence of several key parameters on the performance of
DFB biomass AER gasification. Finally, the conclusion is drawn in Sec-
tion 5.

2. Numerical model

In the MP-PIC method, the gas motion is described by volume-
averaged Navier-Stokes equations, and the gas turbulence is solved by
the method of large eddy simulation. The dynamics of solid phases are
described by the particle distribution function (PDF), and the inter-
particle collision is simplified by introducing a solid stress model.
Furthermore, detailed reaction kinetics including homogeneous and
heterogeneous reactions are considered. The mathematical model is
detailed as follows.

2.1. MP-PIC framework

For the gas phase, the conservation equations of mass, momentum,
species, and energy are respectively given by [28,29]:

0(G,p .
%ntv.(egpgug) = by €})
0(0,p,u
% + V- (Oupttgtty) = = Vpy +p0,g+ V-(0,7,) + Fy @
800
— Coarse grids
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— Fine grids
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2
2
£ 700
D
2
g
)
H
650 -
600 T T T T T T T
0.0 0.5 1.0 1.5 2.0 2.5 3.0
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Fig. 5. Axial distribution of time-averaged temperature along the gasifier’s
centerline under different grid resolutions.
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Fig. 6. Time evolution of gas products mass fractions: (a) conventional gasification; (b) AER gasification.
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Fig. 7. Comparison of simulation results and experimental data of time-averaged mole fractions: (a) conventional gasification; (b) AER gasification.

a(agf)gyg-i) v.(0 o 0 . 3
T+ (OgpoutgYyi) = Ve(0pp Dy VYy;) + Oriti, 3
0(0ep hy)

op
o +V-(Oppgushy) = 0, (_g

ot
+ "g'VPg) = V-(6,9) + QD +Sg + Sew — AH,,
(C)]

where p,, ug, and p, are the density, velocity, and pressure of the gas
phase, respectively. §; and g are the voidage and gravitational acceler-
ation. Fg, is the inter-phase momentum exchange term. ém, is the source
term that links the reaction of the discrete phase and continuous phase.
14 is the stress tensor of the gas phase. Yy ; and Dg; are the mass fraction
and diffusion coefficient of the gas phase i, respectively. ém;, is the
quality changes caused by chemical reactions involved in phase i. hgand
Qp are the gas enthalpy and enthalpy diffusion. Sgp and Sg, are the
gas-solid and gas-wall heat transfer. g is the fluid heat flux and AH, is
the reaction heat.

The dynamics of the particle phase are described by solving the PDF

equation, which is a function of particle’s spatial position, velocity,
mass, temperature, and instant time. The equation is written as [30]:

o O(fu,) OfA) fo—f fo—f
EJF ot + ou, 1 + TG ®

where u, is the particle velocity. fp and 7p are the particle distribution
function at local equilibrium and the particle collision relaxation time,
respectively. After the particle collision, the velocity tends to be the
isotropic Gaussian distribution. fg and 7z are the relaxation time and
particle collision functions in this state. A is the particle acceleration and
is defined as [31]:

_du, _ —ay_YP_Nu L W
A= i D, (u, —u,) Py o + 21p, ©
P]ﬂ;
L @)
4 max[(é)(.,, 79,,)75(1 *'9/7)}

0, = // f’/’)idmpdupdTp (8)
P
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Fig. 8. Comparison of simulation results and experimental data of time-average temperature in combustor and gasifier: (a) conventional gasification; (b) AER

gasification.

where #, is the local mass-averaged particle velocity. D, is the mo-
mentum exchange coefficient between the gas-solid phase, namely the
drag coefficient. 7, is the solid normal stress. Py, 7, £ are constants, which
respectively represent particle dynamics solid-phase pressure, particle
concentration index, and non-singular number. 6, is the solid volume
fraction at the close-packing state.

Drag force plays a crucial role in predicting gas—solid two-phase flow
by characterizing the momentum exchange between gas and solid in the
flow field. Therefore, accurately modeling drag force is of great impor-
tance for understanding the behavior of such systems. In DFB systems,
the bed material can be classified as Geldart B particles, thus the WenYu-
Ergun drag model is adopted to accurately describe the drag force [32].
The WenYu-Ergun model is based on the assumption of homogeneous
conditions inside a control volume, which is a combination of the
WenYu drag model and the drag model based on the Ergun equation.
Despite the discontinuity of the model at 0.8, it is commonly used in the
simulation of dense gas—solid flow in fluidized beds, and satisfactory
results were obtained to demonstrate its reasonability [33-35]. The
mass conservation equation for the particle phase can be expressed as:

dm,; 0,MW,; dC,,

9

a  p0, 7 dr ©
dm, ~dmy;

- : 10

& =2 ao

i=1

where MW,,; and C,,; are the molar mass and specific heat capacity of
particle i.

The energy conservation equation for the solid phase can be
expressed as follows:

dT,
m, de_tp = Qgp + de — AH, 40 (11)
A.Nu
Qg = gd pAP(Tg - Tp) (12)
D
Oraa = 0€pA, (T:,lnml - T:) 13
Nu, = 0.6Re}*Pr'”*+2.0 (14

_ pgeg}"g - "p|dp

Re
P ”g

(15)

Pr :ﬂgC,,yg/lg ae)

where particle Nusselt number Nu, is calculated by the correlation
proposed by Ranz and Marshall [36], which combines the particle
Reynolds number Re;, and Prandtl number Pr. u, and d, are the velocity
and diameter of the solid phase. g is the gas viscosity. Cp ¢ is the gas heat
capacity. Jg is the thermal conductivity of the gas. Ty and T, are the
temperature of gas and particles, respectively. T jocqr is the temperature
of the surrounding environment. A,, o, and ¢, represent the particle
surface area, Stefan-Boltzmann constant, and particle emissivity,
respectively.

Furthermore, the interphase momentum exchange source term and
the interphase energy exchange source term can be expressed as:

\Y d
F,=— // f,,{m,, {Dp (g — ) — %} + u,,% }dmpdupdTp a”

P

2 dT, dm
Sep ://fp{mp {Dp ("g - up) - de_tp} - TIP {hp
1

+ E(ug — u,,)z} }dmpdu,,dT,, (18)

2.2. Chemical reaction model

After entering the gasifier, the moisture in biomass particles is first
evaporated at high temperatures. The drying process is expressed as
follows:

Moisture in biomass — H,O (g) (R2)

According to the Arrhenius law, the volatilization rate of water is
given by [37]:

10585

P

Farying = 5.13 x 10"%exp( ) Mptoisture 19

where mypisure is the mass of moisture in the biomass particle.

As the particle temperature increases, the biomass particles undergo
pyrolysis, resulting in the production of fixed carbon, combustible gas,
and tar. The main process of biomass particles pyrolysis can be
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expressed as:

Dry Biomass—a;H; + a,H,0 4+ a3CO 4 a4CO; 4 asCHy4 4+ agChar 4 a; Ash
(R3)

wherea (i=1,2,3........ 7) represents the mass fraction of each pyrolysis
product, and satisfies ) ;a; = 1. According to the Arrhenius law, the
reaction rate of the pyrolysis process is given by [7,38]:

di volatiles 1.44 107
GMyolatites __ 5 o IOGexp(—ix

d T, 20

) Myolatile

where myqsite is the mass of the volatile.
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10s

Fig. 9. The gas—solid flow pattern in the DFB reactor: (a) conventional gasification; (b) AER gasification.
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There are also numerous complicated homogeneous and heteroge-
neous reactions within the gasifier and combustor. Achieving a
comprehensive representation of all these reactions in the simulation
process is a challenging task, thus necessitating some necessary simpli-
fications. In the AER gasification process, the bed material CaO also
catalyzes tar reforming which helps in further reducing the tar content
in the product gas [39]. However, in the current work, the processes of
tar generation and cracking are not taken into account. Additionally,
trace elements such as N, S, and Cl are also disregarded in the calcula-
tion. Only the generation of CHy4 is considered for simplicity. It is worth
mentioning that this simplification approach is commonly adopted by
other researchers [7,40-42], enabling easier modeling and analysis. In
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50s 75 s 100 s
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Fig. 9. (continued).

addition, rapeseed methyl ester (RME) is added to the combustor as an
additional fuel to provide heat during operation, and the main compo-
nent is simplified by C;6Hs4. The main homogeneous and heterogeneous
reactions and reaction rates considered in this study are detailed in
Table 1.

In the biomass AER gasification process, there are also carbonation
reactions of CaO and calcination reactions of CaCOs3:

CaO +CO, & CaCO;, AHys = — 178KJ/mol (R11)

The carbonation reaction (forward) is exothermic while the calci-
nation reaction (reverse) is endothermic. Therefore, the shift of the re-
action equilibrium is determined by the temperature and CO; partial

pressure (Pco2) in the reactor. The equilibrium partial pressure of CO,
(Pcoz, eg) as a function of temperature is expressed by Baker below
[45,46], and the equilibrium diagram is shown in Fig. 2:

8308
T,

8

loggPeoyeq = 7.079 — 21)

The carbon dioxide adsorption rate equation for CaO sorbent is
referred by Sun et al. [47]:

Ry = 56k(1 — Xo)(Pco, — Pcoyeq) Ao (22)

where 56 represents the molar mass of CaO in g/mol. Xj is the conver-
sion rate of CaO and n is the reaction order. A is the specific surface area
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Fig. 10. Axial distributions of solid holdup in the reactors under conventional gasification and AER gasification conditions: (a) combustor; (b) gasifier.

of the CaO particle. kg is the reaction rate coefficient as:

—E
ko = 1.67 x 10 *exp (ﬁ) ,E =29 £ 4KJ/mol,n = 1,Pco, — Pcoyeq

< 10KPa 23)
-3 -E
k0:1.67>< 10 exp ﬁ ,E:29i4KJ/m01,n:O,PCO27P5027eq
> 10KPa @24

The reaction rate of the CaCOs calcination reaction in the combustor
is expressed as [48]:

P 1.86
Ry =k (1 —Xl)z/3 (1 7P7602 )
COy.eq

where X; is the conversion rate of CaCOs. k; is the reaction rate coef-
ficient, given by:

(25)

(26)

150000
k1:5.61><1056xp<— RT )

3. Computational setting and model validation
3.1. Geometry and numerical setting

The numerically studied DFB gasification system is part of a 100
KWth DFB pilot plant at the Vienna University of Technology [49]. The
schematic diagram and geometry structure of the DFB gasifier are
schematically shown in Fig. 3(a, b) [50,51]. Specifically, the whole
system is composed of a gasifier and a combustor which are connected
by a solid separator, an upper loop-seal, and a bottom loop-seal.

The gasifier is a bubbling fluidized bed (BFB) composed of a square
column and a cone. The side length of the square column section is
0.265 m, the equivalent diameter is 0.304 m, and the height is 2.35 m.

10

Steam is introduced as the fluidizing gas and gasification agent. After
being introduced into the gasifier, the biomass particles first undergo a
process of rapid drying and pyrolysis under high temperature. Then the
pyrolysis gas reacts with char or steam in the gasifier. The final product
gas overflows from the upper outlet of the gasifier. The remaining char
particles and a part of the bed material are moved toward the combustor
through the bottom loop-seal. The combustor is a circulating fluidized
bed (CFB) comprised of a cylindrical standpipe with a height of 3.9 m
and a diameter of 0.098 m. Air is utilized as the fluidizing gas, with
primary air and secondary air being introduced from the gas nozzles
located at the bottom and expansion part of the combustor, respectively.
In order to provide combustion support and heat the bed material, RME
is added as an additional fuel in the lower section of the combustor. Flue
gas and bed material particles are effectively separated by a solid
separator positioned at the top of the combustor. This device also en-
sures that the flue gas, along with the smaller-sized ash particles, can be
efficiently discharged from the upper section of the solid separator.
Meanwhile, the high-temperature bed material particles are intercepted
and dropped through the baffle integrated within the separator. Then
particles enter the gasifier through the upper loop-seal to provide heat
for the gasification reaction. The steam-sealed loop-seal can prevent flue
gas from entering the gasification reactor.

In the current work, the conventional gasification and AER gasifi-
cation processes of biomass in DFB are numerically studied. The oper-
ation temperature of the gasifier and the combustor are given in Table 2.
The biomass raw material is wood pellets with a density of 850 kg/m®.
Table 3 details its ultimate analysis and proximate analysis [52]. Under
the conventional gasification condition, the bed material is olivine, with
a particle size distribution of 0.45 ~ 0.63 mm and a density of 3300 kg/
m3, and its compositions are given in Table 4 [53]. Under the AER
gasification condition, the bed material used is calcined calcite, and its
compositions are shown in Table 5 [51]. The PSD of calcite particles is
0.5 ~ 1.3 mm and the density is 2800 kg/m>, which is consistent with
the experimental measurement [51]. The PSD of the three kinds of
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Fig. 11. Particle velocity distribution in the DFB under the conventional gasification condition (top) and AER gasification condition (bottom): (a, c¢) radial velocity;

(b, d) vertical velocity.

particles all follow the normal distribution, which is consistent with the
experimental measurement [54], as shown in Fig. 4.

The commercial software Barracuda Virtual Reactor is employed to
perform the simulation. For the simulations, the settings of initial con-
ditions and boundary conditions are determined according to actual
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operating parameters [49,55]. At the initial time, the total mass of bed
material particles inside the DFB is 100 kg. The numbers of computa-
tional particles are 201,514 and 292,756 under conventional gasifica-
tion and AER gasification conditions. Due to the greater particle density
and smaller particle size of the conventional gasification bed material
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compared to AER gasification, each parcel represents a real number of
particles of 1757 and 790, respectively. And two loop-seals are filled
with bed material and fluidized with steam. The inlets are set as the
velocity inlet boundary with the fixed temperatures and the outlets are
set as the pressure outlet boundary with the zero-gradient temperature.
Meanwhile, the walls are set as the no-slip adiabatic boundary. The
physical time of the simulation for each case is 100 s. The main oper-
ating parameters are summarized in Table 6.

In this work, four sets of gasification temperatures (600 °C, 650 °C,
700 °C, and 750 °C) and four sets of steam flow rates (0.00329 kg/s,
0.00439 kg/s, 0.00549 kg/s, and 0.00658 kg/s) are set to study their
effects on the gasification performance under the AER gasification
condition. In addition, four groups of absorbent content (25 %, 50 %, 75
%, and 100 %) are set up to study the relationship between absorbent
content and gasification performance. Each simulation case was per-
formed on a cluster outfitted with 16 CPU processors and a GeForce RTX
4060 GPU. The computational expense of the base case under the AER
gasification condition is about 78 h in this work. The specific operating
parameters are given in Table 7.

In addition, the computational domain is divided into grids with
different resolutions: coarse grid (i.e., N, = 80712), medium grid (i.e.,
N, =139104), and fine grid (i.e., N. = 240295). The spatial distribution
of time-average temperature can illustrate the heat transfer mechanisms
in the reactor. Besides, the thermochemical behavior of biomass gasifi-
cation in the DFB is the main concern of the present work. Thus, we
choose a temperature distribution to convince that the thermal quantity
is insensitive to the grid resolution, as shown in Fig. 5. In addition to the
time-averaged pressure distribution, we have also added the axial dis-
tribution of time-averaged pressure under different grid resolutions in
the reactors (see Fig. S1 of the Supporting Information). The results
show that changing the grid resolution has an insignificant influence on
the time-averaged pressure distribution. Thus, the physical quantity is
insensitive to the grid resolution. In Fig. 5, it can be observed that the
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temperature distribution is significantly different under the coarse grid
compared to the other two grids, whereas the temperature distribution
under the medium and fine grids shows similarity. Based on the
consideration of balancing calculation accuracy and amount, the me-
dium grid is adopted in the following numerical simulations. As shown
in Fig. 3(c), the computational domain is divided into structured grids by
the Cartesian meshing method and the boundary grids are formed by
cutting the structured grids using the actual geometry. At the same time,
some regions are refined such as near-wall surfaces and component
junctions. The average cell size is 0.02 mm x 0.02 mm x 0.02 mm.

3.2. Model validation

Fig. 6 shows the variation in the mass fractions of gas products over
time under conventional gasification and AER gasification conditions. It
can be seen that the mass fractions of gas products increase rapidly in the
initial start-up stage of the first 10 s, and fluctuate around fixed values
after t = 50 s, indicating that the thermochemical behavior in the DFB
reaches the steady state within the statistical time range. Therefore, the
data after 50 s can be employed for time averaging. As shown in Fig. 7,
the current model can well predict the gas composition both under
conventional gasification and AER gasification conditions, and the error
between the simulation results and experimental data [55] is within an
acceptable range. The slight difference may be caused by the simplifi-
cation of reactions and the use of empirical parameters of reaction ki-
netics. Therefore, we believe that the developed model can reasonably
predict the chemical reaction behavior in the DFB system under the two
gasification conditions. Fig. 8 shows the comparison of the simulation
results and experimental data of the time-average temperature of the
gasifier and combustor after reaching the steady state under the two
gasification conditions. It can be seen that the simulated temperatures
agree well with the experimental data, indicating that the established
model can reasonably predict the heat transfer behavior in the reactors.
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4. Result and discussion
4.1. Comparative analysis of two gasification processes
4.1.1. Gas-solid flow in the reactor
Fig. 9 illustrates the evolution of the gas-solid flow pattern under

two gasification conditions in the DFB. In the initial state, a certain
number of bed material particles are accumulated in the combustor,

gasifier, and loop-seals. Air and steam are respectively introduced into
the combustor and gasifier from the bottom of reactors. Due to the drag
force, the static particles in the reactor experience an upward movement
under the entrainment of gas. Conversely, the particles that have accu-
mulated in the upper loop-seal slowly descend due to the influence of the
airflow from the combustor and the return air, and some particles enter
the gasifier. At the same time, biomass and additional fuel are intro-
duced into the reactors from the feed port and mixed with the bed
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Fig. 14. Axial distribution of gas phase temperature in the reactors under conventional gasification and AER gasification conditions: (a) combustor; (b) gasifier.

material particles, respectively. Under the conventional gasification
condition, it can be observed that certain particles in the combustor
reach the top of the riser at about 1 s. This part of the particles subse-
quently descends into the upper loop-seal due to the influence of the
baffle. The ash with low density escapes through the exhaust pipe with
the exhaust gas. At about 5 s, the particles that accumulated in the upper
loop-seal have reached the maximum capacity. Then the bed material
particles initiate a continuous descent into the gasifier. Particles in the
bubbling bed are also conveyed into the combustor through the lower
loop-seal. After about 20 s, the conventional gasification system realizes
the full cycle and achieves dynamic stability. In contrast, the AER
gasification system achieves stability in a relatively shorter time.
Notably, particle accumulation reaches the maximum at approximately
2.5 s, while the gas-solid circulation attains dynamic stability at around
10 s. In the steady state stage, the combustor is in a rapid fluidization
state, the gasifier is in a bubbling fluidization state, and the gas-solid
flow pattern does not change greatly. However, compared with con-
ventional gasification, under the AER gasification condition, fewer
particles are transported from the combustor to the gasifier, and fewer
bubbles are bubbled in the gasifier after stabilization.

Fig. 10 presents the axial distributions of the time-average solid
holdup in the combustor and the gasifier under two gasification condi-
tions. Under the conventional gasification condition, in the combustor,
the solid holdup decreases first because the primary air enters from the
bottom. Then, due to the bed material being circulated through the
lower loop-seal from the gasifier at 0.2 m, the solid holdup in the riser
increases. At a height of 0.4 m, the injection of secondary air from the
lower part results in the solid content being characterized by an initial
decrease followed by an increase. Then, the solid holdup gradually de-
creases with the increase in height, and the overall distribution is thicker
at the bottom and thinner at the top. In the gasifier, the solid holdup
decreases slightly at the steam and biomass feed and increases slightly at
2 m due to the bed material circulation in the combustor. Furthermore, a
sharp drop of the solid holdup can be observed on the bed surface,
approaching zero. As a result, a distinct transition from the dense phase
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region to the dilute phase region exists within the gasifier. Compared
with the conventional gasification, the axial distribution trend of solid
holdup under the AER gasification condition is similar. However, it can
be seen from Fig. 10(b) that the bed height under the AER gasification
condition is larger than that under the conventional gasification con-
dition during stable operation. This is because the initial bed height in
the AER gasifier is larger for the same initial mass, which is caused by
the lower density of the bed material. Therefore, the effect of initial bed
height is greater than the effect of bed expansion due to fluidization.

Fig. 11 presents the particle velocity in the DFB system under two
gasification conditions. It is evident that the particle vertical velocity is
one order of magnitude larger than the particle radial velocity under the
two gasification conditions. Furthermore, the combustor exhibits
significantly higher axial velocities for particles compared to the
gasifier. In the gasifier, the particles with larger axial velocity are mainly
concentrated on the surface of the bed or near the side wall where the
biomass is fed. Compared to the conventional gasification, the AER
gasification exhibits a smaller particle velocity, resulting in a gentler
particle movement. Fig. 12 shows the solid species distribution in the
DFB system under two gasification conditions. On the bed surface of the
gasifier, particle segregation can be observed due to the difference in
mass or density, and biomass particles are mainly distributed on the bed
surface. However, compared to the conventional gasification condition,
under the AER gasification condition, particle movement is intensified.
This results in a more dispersed distribution of biomass particles on the
bed surface, and the bed material becomes more thoroughly mixed
under the conventional gasification condition.

4.1.2. Temperature distribution in the reactor

Fig. 13 shows the spatial distribution of instantaneous particle phase
temperature and time-averaged gas phase temperature in the DFB under
conventional gasification and AER gasification conditions. Due to the
different chemical reactions in two reactors, the exothermic reaction
between the fuel and carbon in the combustor elevates the temperature,
while the endothermic gasification reaction in the gasifier decreases the
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Fig. 16. Axial distribution of gas species in the reactors under the conventional gasification (left) and AER gasification (right) conditions: (a) combustor; (b) gasifier.

temperature, resulting in a temperature disparity between the two re-
actors. Under the two gasification conditions, the low-temperature area
at the bottom of the combustor is formed due to the entry of low-
temperature primary air and circulating particles. The secondary air in
the expansion section of the riser accelerates the combustion reaction of
the additional fuel and char, consequently causing a rapid increase in
temperature. Subsequently, the high-temperature particles enter the
gasifier through the upper loop-seal, providing the requisite energy for
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the gasification process. In the gasifier, the local low-temperature areas
are mainly concentrated at the steam inlet and biomass feed. Under the
conventional gasification condition, bed material particles serve as heat
carriers between reactors. In contrast, under the AER gasification con-
dition, bed material particles also function as CO, carriers, facilitating
the transfer of CO; from the gasifier to the combustor. Furthermore,
compared to the conventional gasification condition, under the AER
gasification condition, the temperature difference between reactors is
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larger, and the presence of heat flow particles in the gasifier is more
obvious.

Fig. 14 shows the axial time-average temperature distribution of the
gas phase in the reactors under the two gasification conditions. In the
combustor, the temperature initially increases with the bed height
increasing due to the combustion reaction between the primary air and
the remaining char. At the bottom loop-seal, due to the low-temperature
gas and particles moving into the gasifier, the temperature decreases
sharply. Subsequently, as additional fuel enters, the combustion reaction
occurs that releases more heat, causing the temperature to rise contin-
uously along the axial height. With the entry of secondary air and the
complete mixing of gas and solid, the temperature gradually stabilizes.
In the gasifier, the temperature of the surrounding bed layer drops
slightly due to the entry of the low-temperature gasification agent.
Above the bed surface, there is a localized high temperature influenced
by the high-temperature particles transported from the combustor.
Compared with conventional gasification, the temperature in the re-
actors under the AER gasification condition is lower. Additionally, due
to the larger temperature difference in the reactors, heat transfer is more
pronounced, and temperature fluctuations are more severe under the
AER gasification condition. Simultaneously, in the gasifier, the
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absorbent of CO» is an exothermic reaction, causing the temperature to
increase at about 1 m.

4.1.3. Gasification products

Fig. 15 shows the contours of gas species concentrations in the DFB
system under two gasification conditions. Since there are different
chemical reaction processes taking place in the combustor and the
gasifier, the gas composition in these reactors is different. Under the
conventional gasification condition, the combustion reaction of addi-
tional fuel and remaining char is mainly carried out in the combustor. As
the height increases, the O, concentration gradually decreases, while the
CO3 concentration gradually increases. Furthermore, it can be observed
that the upper and lower loop-seals between the two reactors are filled
with steam, which effectively prevents the flue gas in the combustor
from infiltrating the gasifier.

The pyrolysis of biomass particles and the gasification reaction of
char particles are mainly carried out in the gasifier. As the inlet of the
fuel particles, the biomass particles are rapidly heated by the high-
temperature gas phase to release volatile gases such as CO, CO2, H,
and CHg4. Therefore, a high concentration of gases, such as CO, can be
observed near the fuel inlet. Simultaneously, the introduction of steam
enhances the water-gas shift reaction and steam gasification reaction,
thereby increasing the concentration of Hp. Compared with conven-
tional gasification, the carbonation reaction of CO, and CaO takes place
under the AER gasification condition. This significantly decreases the
CO4 concentration, fostering the development of water-gas shift and
methane steam reforming reactions to generate Hy and CO,. Conse-
quently, the concentration of CH4 and CO within the gasifier diminishes,
leading to the production of gas with a high Hy content.

To obtain a deeper understanding of the gas composition profile, the
axial concentration distributions of four main gas components, CO, CO,
Ho, and H,0 are presented in Fig. 16. As the height increases, it can be
observed that HyO first enters the lower loop-seal, and its concentration
gradually decreases with the entry of the secondary air in the combus-
tors. Subsequently, additional fuel enters and reacts with O, leading to a
gradual increase in CO, content, while the Hy and CO content remain
essentially zero. In the gasifier, the concentrations of CO, Hy, and CO,
gradually increase due to the pyrolysis of biomass particles. Addition-
ally, there is a rapid drop in the concentration of H;O on the surface of
the bed, accompanied by a rapid rise in the concentrations of CO, CO,,
H,, etc. This suggests that the steam gasification reaction predominantly
occurs on the bed surface. At about 2.1 m, the H»0 in the upper loop-seal
enters the gasifier with the circulating bed material, causing fluctuations
in gas concentration, which eventually stabilizes with the reaction
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equilibrium. Compared with conventional gasification, the contents of
CO and CO; in the gasifier are smaller under the AER gasification con-
dition. This indicates that the adsorption process has a greater impact on
the related parallel reforming/gasification reactions.

It can be seen from Fig. 7 that compared with conventional gasifi-
cation, AER gasification reduces the CO, mole fraction by 76.67 % and
increases the Hp mole fraction by 54.58 %. This work also compares the
lower heating value (LHV) and combustible gas (Hy, CO, CHy4) concen-
tration (CGC) of the gas products of the DFB system under two gasifi-
cation conditions, as shown in Fig. 17. The lower heating value and
combustible gas concentration are respectively defined as [44,56]:

LHV (MJ/Nm’) = (257 x H,% + 303 x CO% + 85.4

x CH,%) x (4.2 / 1000) 27)

CGC (%) = The volume summation of H,, CO and CH, in syngas

28
/ Total volume of syngas (without H,O) x 100% (28

Under the conventional gasification and AER gasification conditions,
the LHV of gas products are 11.20 MJ/Nm? and 13.76 MJ/Nm?, and the
CGC is 78.89 % and 95.07 %, respectively. Thus, AER gasification can
significantly improve the quality of gas products.

4.2. Effect of operating parameters on the gasification process

4.2.1. Effect of gasification temperature on the gasification process

In this section, the effect of some key operating parameters on the
AER biomass gasification process is detailed discussed. Fig. 18(a) shows
the gas composition under different operating temperatures and it can
be seen that the mole fraction of Hy increases gradually from 72.19 % to
77.50 % with the gasification temperature increasing from 600 °C to
750 °C. At the same time, the mole fraction of other gas species de-
creases, in which the CO mole fraction decreases most obviously, from
8.75 % to 5.89 %. This is attributed to the enhanced carbonation re-
actions of CO; and CaO, as well as the methane steam reforming reac-
tion. Therefore, the decrease of CO, and CH4 mole fractions affects the
water-gas shift reaction, shifting it towards the production of Hy. Fig. 18
(b) illustrates the changes of CGC and LHV under different gasification
temperatures. With the increase of gasification temperature, LHV first
increases and reaches the maximum at 650 °C. Then, the LHV decreases
gradually due to the decrease of the mole fractions of CH4 and CO with
high calorific values in the gas products. On the other hand, CGC in-
creases gradually with the increase of gasification temperature.
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4.2.2. Effect of steam flow rate on the gasification process

Fig. 19(a) illustrates the influence of the steam flow rate in the
gasifier on the gas species under the AER gasification condition. It can be
observed that with the increase of the steam flow rate, the mole fraction
of CO,, first decreases and then increases, while the changes of CO and
H, have no certain rules. The increase in steam flow affects both the
gas—solid dynamics and chemical reaction in the gasifier simultaneously.
When the steam flow rate increases from 0.00329 kg/s to 0.00439 kg/s,
the bubbling phenomenon in the reactor becomes more apparent,
resulting in better solid mixing and increased gas-solid contact area.
When the steam flow rate increases from 0.00329 kg/s to 0.00439 kg/s,
the bubbling phenomenon in the furnace is more obvious, the solid
mixing is more sufficient, and the gas-solid contact area increases.
Therefore, more CO; can be absorbed, and the increase of steam pro-
motes the water—gas shift reaction, resulting in the decrease of the CO
mole fraction and the increase of the Hy mole fraction. As the steam flow
is further increased, the residence time of the gases in the furnace de-
creases. The water—gas shift reaction has not yet reached equilibrium,
resulting in an increase in the CO mole fraction and a decrease in the Hy
mole fraction. However, when the steam flow rate is 0.00659 kg/s, the
effect of steam increase on the water—gas shift reaction rate becomes the
dominant factor, accelerating the conversion of CO to Hy. It can be seen
from Fig. 19(b) that when the steam flow rate reaches 0.00439 kg/s, the
increase of steam has no obvious effect on the improvement of LHV and
CGC. Therefore, increasing the steam flow rate has no significant
improvement on the gasification performance.

4.2.3. Effect of absorbent content on the gasification process

To better understand the influence of the absorbent content on the
biomass gasification process, four groups of bed materials with different
absorbent contents are set up, which are 25 % calcined calcite and 75 %
olivine, 50 % calcined calcite and 50 % olivine, 75 % calcined calcite
and 25 % olivine, and 100 % calcined calcite, respectively. It can be seen
from Fig. 20(a) that with the increase of the absorbent content, the mole
fractions of CH4 and Hj increase, and the mole fraction of CO decreases.
Comparable, the mole fraction of CO; decreases greatly at first and then
increases slightly. As the content of calcined calcite increases from 25 %
to 75 %, the contact area between the gas and the absorbent increases.
This leads to a reduction in CO5 mole fraction and enhances the
water-gas shift reaction, ultimately resulting in a decrease in CO mole
fraction and an increase in Hy mole fraction. When the absorbent con-
tent reaches 100 %, the dominant factor is the decrease in solids circu-
lation rate. This results in a reduction of heat transportation to the
gasifier through the bed material particles, which weakens the methane
steam reforming and carbonation reaction, and increases the water—gas
shift reaction. Consequently, the mole fractions of CO3, CHy4, and Hy
increase, while the mole fraction of CO decreases. It can be seen from
Fig. 20(b) that with the increase of absorbent content, both LHV and
CGC increase first and then decrease. The LHV reaches the maximum
when the absorbent content is 75 % due to the higher calorific value of
CO compared to Hy. At the same time, CGC is also the maximum value
because of the lowest CO5 content. Therefore, the cost of bed material
can be reduced by properly adjusting the content of absorbent.

5. Conclusion

In this work, a 100 KWth DFB reactor is numerically studied under
the frame of the MP-PIC method and both the conventional gasification
and AER gasification conditions are investigated. Furthermore, the
thermochemical behavior such as heat transfer and complex reaction
kinetics of gasification, carbonation, and calcination are all considered.
Firstly, the simulation results are compared with the experimental data
to verify the accuracy of the developed model. Then the comparative
analysis of the flow behavior and reaction characteristics in the DFB
system under two gasification conditions is detailed discussed. Finally,
the effects of several key operating parameters, such as gasification
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temperature, steam flow rate, and absorbent content on the gasification
performance are investigated under the AER gasification condition. The
main conclusions of this study are as follows:

(1) The reaction kinetics considering carbonation and calcination
reactions are confirmed to be reliable in describing the conven-
tional gasification and AER gasification processes. Compared
with conventional gasification, AER gasification reduces the CO»
mole fraction by 76.67 %, increases the Hy mole fraction by
54.58 %, and greatly increases the hydrogen content in the
product gas. Under conventional gasification and AER gasifica-
tion conditions, the LHV of gas products are 11.2 MJ/Nm® and
13.76 MJ/Nm?, and the CGC is 78.89 % and 95.07 %, respec-
tively. It shows that the AER gasification can greatly improve the
quality of export gas.

(2) Compared with the conventional gasification, the particle
movement in the reactor is gentler, the bed expansion height is
lower, and the temperature difference between the two reactors is
larger under the AER gasification condition. Furthermore, the
temperature of the reactor is also lower, which is beneficial to the
carbonation reaction. In the gasifier, due to the difference in
particle size and density, segregation occurs, and most of the
biomass particles are distributed on the bed surface. In addition,
the gasification process mainly occurs in the gasifier near the
inlet side. Compared with the conventional gasification, the
content of CO and CO; in the gasifier is lower under the AER
gasification condition. This shows that the adsorption process has
a greater impact on the related parallel reforming/gasification
reactions.
Higher temperature can improve the performance of AER gasifi-
cation, while the effect of steam flow rate on gasification per-
formance depends on many factors. With the increase in
gasification temperature, the carbonation and methane steam
reforming reactions are enhanced. As a result, the CO mole
fraction decreases, and the Hy mole fraction increases. The in-
crease in steam flow affects the gas-solid flow and various
chemical reactions in the gasifier at the same time. Therefore, the
gasification performance can only be improved when the pro-
motion effect of steam on the water-gas shift reaction is domi-
nant. The higher steam flow rate cannot significantly improve the
gasification performance under the AER gasification condition.
Properly adjusting the content of absorbent can reduce the cost of
bed materials. With the increase of the absorbent content in the
bed material, the mole fractions of CH4 and H, increase, the mole
fraction of CO decreases, and the mole fraction of CO5 decreases
first and then increases. The LHV and CGC of the gas products are
the maximum when the absorbent content is 75 %.

3)

(4

—

The numerical results in this study can help better understand the
hydrodynamics and thermochemical characteristics of the AER biomass
gasification in the DFB.
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