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Hydrogen, as a zero-carbon energy carrier, plays a pivotal role in global decarbonization efforts. The iodine—sulfur (I-S) thermo-
chemical cycle stands out for its high efficiency and scalability in water-splitting hydrogen production, with the hydrogen iodide (HI)
decomposition reaction being the critical step governing overall hydrogen yield. Existing HI decomposition reactors often rely on
energy-intensive electric heating, which compromises system efficiency and economic viability. To address this limitation, this study
proposes a novel shell-and-tube heat exchanger reactor utilizing high-temperature helium gas as a sustainable heat source, integrated
with a catalytic reaction zone employing activated carbon. The reactor combines a preheating section and a catalytic decomposition
section to optimize heat transfer and reaction kinetics. Using Ansys Fluent-based computational fluid dynamics (CFD) simulations,
the impacts of structural parameters (reactor length, tube diameter, and residence time) and operational conditions (helium flow
rate) on HI conversion efficiency were systematically investigated. Results demonstrate that increasing helium flow rate (up to 60 kg/h),
reactor length (1450 mm), and tube diameter (38 mm) significantly enhances HI decomposition rates, achieving a 27.28% conversion
efficiency and 1.364 Nm?/h hydrogen output. Notably, tube diameter emerged as the most influential design parameter due to its dual
role in heat transfer area and residence time modulation. This work provides actionable insights for scaling energy-efficient HI
decomposition reactors, advancing the industrial implementation of the I-S cycle for sustainable hydrogen production.
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1. Introduction hydrogen production, proposed by General Atomics (GA) in
1970, is considered one of the most promising technologies.
Hydrogen, regarded as the “energy of the 21st century,” is  This is due to its straightforward reaction steps, ability to inte-

recognized for its advantages, including zero carbon emissions, ~ grate with nuclear and solar energy, high thermal efficiency,
high calorific value, and widespread availability. These proper- ~ and ease of scalability for industrial applications [3, 4]. This
ties have attracted significant attention from researchers world-  ¢ycle process consists of the Bunsen reaction, hydrogen iodide

(HI) decomposition reaction, and H,SO, decomposition reac-

wide [1]. However, in nature, hydrogen exists in very small X - X \
tion, with the relevant reaction equations shown below:

quantities in its free state. Several methods for hydrogen pro-
duction have been developed, including steam reforming, par-
tial oxidation, and gasification of fossil fuels and biomass, as 290-390 K
well as water electrolysis [2]. Among these methods, the ther- Bunsen reaction: 2H,0 + 1, + 80, — ~ H,50, + 2HI

mochemical iodine—sulfur (I-S) cycle for water-splitting (1)
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HI decomposition reaction: 2HI MK H,+L (2)

H,SO, decomposition reaction:

- 3
H,50,” 2" 1,0 + 50, + 1/20, G)

Throughout the entire reaction process, water, along with
the intermediate products I, and SO,, reacts at lower tempera-
tures. These intermediate reactants undergo continuous
oxidation—reduction cycles, ultimately resulting in the con-
sumption of only water, which is decomposed into hydrogen
and oxygen. The HI decomposition reaction, a key step in the
I-S cycle, directly produces hydrogen. Its thermal efficiency
and reaction rate are critical factors determining the overall
hydrogen production efficiency of the process. Therefore,
research on HI decomposition is of significant importance.

The structural design of the HI decomposer plays a crucial
role in determining the HI decomposition rate. Numerical
simulation is a crucial method for exploring the details of
heat and mass transfer during the HI decomposition process,
as these phenomena are difficult to measure directly. Research-
ers have extensively studied HI decomposers using numerical
simulation methods. Ito et al. [5] developed a membrane reac-
tor with Knudsen diffusion properties and simulated catalytic
HI decomposition within the magnesium—iodine thermo-
chemical cycle. Their findings revealed that hydrogen yield
could nearly double compared to the equilibrium value
(~0.2). They observed that optimal conversion occurs when
the membrane allows permeability for both products and reac-
tants, given specific permeation and reaction rates. Hwang and
Onuki [6] carried out a theoretical investigation into the use of
membrane reactors for catalytic HI decomposition in the ther-
mochemical I-S hydrogen production process. They employed
chemical vapor deposition (CVD) to fabricate a tailored silica
membrane and assessed the membrane reactor’s performance
by measuring the permeation rates of H, and HI. Zhang et al.
[7] designed a quartz plug-flow reactor and compared the
mechanism they developed with existing models through
kinetic experiments and thermodynamic calculations, investi-
gating the effect of water on the reaction. Zhang et al. [8]
developed a kinetic model for homogeneous HI decomposition
in a plug flow reactor, integrating diatomic I, into the HI/H,O
vapor system. Their analysis highlighted the impact of factors
such as temperature, residence time, pressure, the molar ratios
of HI/H,O/I, and HI/I,, and the findings from a sensitivity
analysis on the HI conversion rate. Goswami et al. [9] con-
ducted numerical simulations to investigate the transport pro-
cesses within a packed bed membrane reactor and assessed its
effectiveness in enhancing HI conversion during the I-S ther-
mochemical cycle decomposition reaction. The study analyzed
the effects of various parameters on HI conversion. Choi et al.
[10] designed a straight-tube reactor for HI decomposition and
employed commercial computational fluid dynamics (CFD)
software to analyze the operational characteristics of HI
decomposition in hydrogen production. The study analyzed
various factors to assess the device’s performance in
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comparison to anticipated outcomes during its development.
Shinetal. [11, 12] designed a packed HI decomposition reactor
and integrated it with an external helium gas loop for effective
heat transfer. They employed CFD software for numerical anal-
ysis, simulating and examining the flow patterns of helium,
temperature distribution, and the percentage of HI thermal
decomposition. Myagmarjav et al. [13] investigated the poten-
tial of a silica membrane reactor for HI decomposition through
simulations. The simulation model was validated using data
from an experimental membrane reactor. Through simula-
tions, critical process parameters determining the performance
of the membrane reactor for HI decomposition were theoreti-
cally investigated, including reaction temperature, total pres-
sure on the feed and permeate sides, and HI feed flow rate. It
was found that by employing a membrane reactor equipped
with a tubular silica membrane, the conversion rate of HI
decomposition could be enhanced to 80% or higher at 400°C
—four times the equilibrium conversion rate (20%) under the
same conditions. Nailwal et al. [14] analyzed the applicability of
a Ta (95wt%)-W (5wt%) alloy membrane reactor to enhance
the conversion rate of HI decomposition. The Ta—W mem-
brane was fabricated using DC magnetron sputtering under
optimized parameter settings. The Ta—W membrane was char-
acterized using SEM-EDS and XPS analyses. HI decomposition
experiments were conducted in a single-tube Ta—W membrane
reactor integrated with a platinum (Pt)—alumina catalyst. A
CFD model for HI decomposition using the Ta—W membrane
reactor was developed with COMSOL multiphysics and vali-
dated against in-house experimental data. Additionally, 3D
simulations of a multitube membrane reactor were performed
to investigate the effects of feed temperature, feed velocity,
outlet pressure, reactor wall temperature, membrane reactor
dimensions, and tube spacing on parameter optimization.
Zhao et al. [15] designed a novel U-shaped decomposer for
HI decomposition. Multiphysics simulations revealed that the
U-shaped reactor exhibited longer residence times and lower
pressure drops compared to conventional straight reactors. The
optimized experimental conditions for the U-shaped reactor
were determined both experimentally and theoretically as a
system weight hourly space velocity (WHSV) of 1000h™", an
HI mass flow rate of 1.42 g/min, and a catalyst mass of 85 mg.

The choice of catalyst significantly influences the decom-
position of HI, therefore, investigating the reaction kinetics of
HI under various catalysts is essential for accurately simulating
the catalytic decomposition process within the HI decomposer.
Favuzza et al. [16] explored the performance of three commer-
cial carbon catalysts in the HI decomposition reaction over a
temperature range of 240-500°C. Based on the fitting results, a
reliable value of Q;, (86.6 kj/mol) was obtained. Extrapolation
to lower temperatures (240-280°C) revealed that HI adsorp-
tion also became significant, enabling the estimation of Qyy
(52.7KkJ/mol) and the activation energy (E,=55.5k]J/mol).
The proposed mechanism indicates that atomic iodine formed
on the catalyst surface serves as an autocatalyst, facilitating the
decomposition of HI molecules. This establishes a unique rela-
tionship between the reaction rate and HI pressure; at lower
pressures or higher temperatures, the reaction rate increases
with pressure, while at higher pressures or lower temperatures,
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FiGURe 1: 1 Nm®/h HI heat exchange decomposition reactor.

the rate may decline as pressure increases. Oosawa et al. [17]
performed a kinetic analysis of HI catalytic decomposition
using a flow method within the temperature range of
500-700 K. Pt-loaded activated carbon catalysts (1 wt%) and
activated carbon catalysts, which had been shown to be effec-
tive in previous studies, were employed. Based on a proposed
reaction scheme, the contact time-conversion relationship for
both catalysts was successfully simulated. The effect of steam
on the rate and equilibrium of HI decomposition was found to
be negligible. Below 550K, iodine significantly inhibited the
rate of HI decomposition on the Pt-loaded activated carbon
catalysts. Shindo et al. [18] measured the rate of HI decompo-
sition on Pt-loaded y-alumina over a temperature range of
480-700K using a flow method. The Pt/y-alumina catalyst
was found to be effective in decomposing HI. A general rate
equation was derived based on the Langmuir-Hinshelwood
model, with the assumption that the surface reaction was the
rate-determining step. Nguyen et al. [19] studied HI decompo-
sition in the I-S cycle using a Pt catalyst. They derived new
kinetic parameters for the decomposition reaction based on a
Langmuir-Hinshelwood-type mechanism, utilizing experi-
mental data. This kinetic model was then applied to simulate
an HI decomposer with a hydrogen production capacity of
1Nm’/h. The study further analyzed the influence of heat
exchanger reactor design and feed solution composition on
reactor size and heat consumption. Findings revealed that the
co-flow structure required less heat compared to the counter-
flow structure. Moreover, impurities and elevated water con-
tent in the feed solution resulted in increased reactor size and
higher heat requirements.

Most reactors studied to date have relied on external heat-
ing (electric heating) to supply heat for the reaction. This is
because most of the current experiments are still in the small-
scale stage and have not taken into account the future develop-
ment of actual industrialization. While this approach aligns
with the current stage of research, electric heating would sig-
nificantly reduce energy efficiency and increase hydrogen pro-
duction costs during subsequent pilot testing and large-scale

production. Moreover, electric heating has the problem of
uneven heat distribution and low hydrogen production effi-
ciency. Therefore, to meet the requirements of future
industrial-scale hydrogen production systems, this paper pro-
poses a novel heat exchanger—based HI decomposition reactor
that utilizes high-temperature gas as the heat source. Ansys
Fluent fluid simulation software was used to model the heat
exchanger reactor, assess its performance and reliability within
the hydrogen production system, and identify key parameters
to optimize the reactor’s structural dimensions, thereby
enhancing hydrogen production efficiency.

2. Numerical Simulation Model

2.1. Geometric Model. This paper presents the design of an HI
heat exchanger reactor with a hydrogen production capacity of
1 Nm®/h, based on the I-S thermochemical hydrogen produc-
tion pilot system at the State Key Laboratory of Clean Energy
Utilization (CEU) of Zhejiang University, as shown in Figure 1.
The reactor uses a shell-and-tube heat exchanger, with
the entire structure constructed from titanium alloy. The
tube side serves as the heating and decomposition area for
HI, while the shell side facilitates heat exchange with high-
temperature gas (helium).

Based on the basic principles of HI decomposition, the HI
heating and decomposition area is divided into two sections.
The first half is designated as the fluid preheating zone, where
the heat exchange tubes are not filled with catalyst. The second
half is the catalytic reaction zone, where the tubes are filled with
activated carbon particles serving as a catalyst. The high-
concentration HI solution, after upstream distillation, enters
the heat exchanger reactor through the HI inlet. It is preheated
in tubes 1-8 and then enters the catalytic reaction zone in tubes
9-16, where it decomposes into H, and I, under the action of
the activated carbon catalyst. The heat exchanger comprises 16
titanium alloy tubes, each with an internal diameter of 26 mm,
a wall thickness of 2 mm, and a length of 1000 mm. The center
distance between the tubes is 0.06 m. The tube bundle is
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FIGURE 2: Schematic diagram of homogeneous flow model.

enclosed within a titanium alloy shell (300 mm inner diameter,
340 mm outer diameter, and 1000 mm height, excluding the
elliptical end caps) and an insulation layer is incorporated to
minimize heat loss from the helium gas to the surrounding
environment.

2.2. Mathematical Model. The modeling of the simulation for
the HI decomposer is a multiphysics problem. A steady-state
model in the fluid simulation software Ansys Fluent was used
for the numerical simulation of the physical processes
described. To simplify the calculations, the catalytic reaction
area inside the reactor is treated as porous media. Given that
the Reynolds number exceeds 4000, the flow is turbulent, and
the k—e model is employed for the relevant calculations. The
fluid flow on both sides of the reactor adopts a homogeneous
flow model, as shown in Figure 2. Although the catalyst loaded
with Pt—palladium has greatly improved the HI conversion rate
in laboratory level tests, precious metals have the disadvantage
of high cost in industrial applications. In order to reduce hydro-
gen production costs, activated carbon—based catalyst is used as
the catalyst for the reaction. To simplify the calculation, it is
assumed that the catalyst particle structure is uniform and the
diffusion rate is equivalent to the reaction rate. The reaction
modeling within the catalyst particles adopts the single-
compartment method. In the catalyst filling area, we consider
it as a porous medium area during simulation, while in the
preheating area where no catalyst is filled, we consider the
preheating area as a nonporous medium area.

The viscous resistance coefficient 1/a and the inertial resis-
tance coefficient C, for the porous media region can be deter-
mined using the Ergun equation:

1/a=1/[(D;/150) - (¢2/(1 - ¢)?)]. (4)
C,=(3.5/D,) - (1 —¢)/&). (5)

In the equation, D, represents the particle diameter, m; and
€ denotes the porosity of the particle bed. For this simulation,
the activated carbon catalyst has a particle diameter of 4 mm
and the porosity is set to 0.5.

Assuming that the fluid is in steady-state heat transfer, the
energy equation for the nonporous media region is shown in
Equation (6):
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V- (pCuT) =V - (k,VT). (6)

In the equation, p represents the density of the mixed gas,
kg/m?; C, is the specific heat capacity of the mixed gas,
J/(kg:K); u denotes the velocity of the mixed gas, m/s; T is
the temperature of the mixed gas, K; and k; signifies the ther-
mal conductivity of the mixed gas, W/(m-K).

The porous region is composed of a fluid phase (gas) and a
solid phase (catalyst particles). Assuming thermal equilibrium
between the two phases, the reaction heat source is uniformly
distributed and the flow resistance inside the porous medium is
ignored. Equation (7) represents the energy transfer model for
the porous media region (catalytic reaction zone), accounting
for convection, thermal conduction, and the heat generated by
the reaction:

oT
pCygp +UVT =V - (kVT) +Q. (7)

In the equation, Q is the source term generated by the
reaction. Assuming that the reaction heat AH is completely
converted into a heat source, ignoring the energy loss of inter-
mediate states or side reactions in the reaction, the porosity of
the porous medium does not change with time or reaction
process, which is defined by Equation (8):

Q=ryAH(1 —¢). (8)

In the formula, ¢ is the porosity of the particle bed.

Assuming that the reaction rate is dominated by the adsorp-
tion reaction step of reactants on the catalyst surface, ignoring gas-
phase diffusion or mass transfer limitations within the pores.
Oosawa et al. [17] proposed a Langmuir-Hinshelwood-type rate
equation to model HI decomposition on activated carbon cata-
lysts. The relevant expressions are provided by Equations (9)—(12):

rar = —kPRyy. 9)
R — XHI (tzxlz) (1 + KIzp%) (10)
1 4 Ky P, K,(1+ Ky Pxp,)?
E

k=1.58x10" -4, 11
exp - 22 1)
K;, = 5.086 X 10 exp _Ea (12)

b RT)

In the equations, P represents the fluid pressure, KPa; xyyy is
the mole fraction of HI in the reaction domain; x;, is the mole
fraction of I, in the reaction domain; @ denotes the equilib-
rium conversion rate (0.21 at 700K); E,; is the activation
energy, which is 34.31 X 10°*J/mol; and E,, is the heat of I,
absorption, which is —86.66 X 107'!]/mol.

Assuming the system is in thermodynamic equilibrium and
is an ideal gas. The equilibrium constant K, for HI
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decomposition is determined using the free energy values pro-
vided by JANAF [20], applied in Equation (13):

—g) -

In the equation, AG represents the change in Gibbs free
energy, which is 11.5kJ/mol at 700 K.

The species transport equation for H,, I,, and HI follows
the steady-state Maxwell-Stefan diffusion—convection model,
expressed as Equation (14):

V-

n VP
pwu — pwiZDij{ij + (xj - a),») ?}] =R,
=1
(14)

In the equation, ; represents the mass fraction of compo-
nent i, x; denotes the mole fraction of component j, and Dj; is
the ij-component of the multicomponent diffusion coefficient

matrix. R; is the source term of the reaction.

2.3. Physical Parameters and Boundary Conditions. The
working fluid inside the HI heat exchanger decomposer is a
gas mixture of HI vapor, H,, I,, and water vapor. Given the
relatively small changes in velocity and pressure within the
decomposer, the density of the gas mixture is determined using
the incompressible ideal gas model.

The effective thermal conductivity of the gas mixture is
computed using the formula introduced by Lindsay and Brom-
ley [21], expressed in Equation (15):

ki

1.3854; . ° 15
11+ xl,-ZJ’Ll Dijp:l %j 15)

M=

k, =

i

In the equation, k; is the thermal conductivity of compo-
nent i and y; is the viscosity coefficient of component i.

The specific heat capacity of the gas mixture is determined
as the weighted average of the specific heat capacities of its
individual components, as expressed in Equation (16):

CP - ZCP,-X,-. (16)

In the equation, Cy; is the specific heat capacity of compo-
nent i, J/(mol-K), and x; is the mole fraction of component i.

The effective viscosity of the gas mixture is defined by the
Equation (17) proposed by Buddenburg and Wilke [22]:

Hi
13850, ~n 5" (17)
Xipi j=1,j#i D;

]/]:

Tt

1+

1

The relevant physical parameters of the activated carbon
and the boundary conditions for the simulation are presented
in Table 1. All other physical parameters are sourced from the
Fluent database. The inlet gas mixture flow rate is determined
based on the design requirements for hydrogen production of

5
TasLE 1: Boundary parameters used in the simulations.

Parameter Unit Value
Thermal conductivity of activated carbon W/(m-K) 0.6
Inlet gas mixture flow rate kg/h 100.25
Inlet gas mixture temperature K 393.15
Mass fraction of HI at the inlet — 0.57
Inlet helium flow rate kg/h 40
Inlet helium temperature K 900
Pressure MPa 0.1

HI conversion rate at the exit (%)

12 —_——
0 2,000,000 4,000,000 6,000,000 8,000,000 10,000,000 12,000,000 14,000,000

Number of grids

FiGure 3: Relationship between the grid density and the HI conver-
sion rate at the outlet.

1 Nm’/h in the hydrogen production system, corresponding to
a 20% catalytic decomposition rate of a 57% HI solution. The
inlet flow rate and temperature of helium are specified by the
design calculations of the heat exchanger.

3. Results and Discussion

3.1. Grid Independence Test. Before conducting the simulation
analysis, a grid independence test was first carried out. Simula-
tions were conducted using different grid densities to deter-
mine whether the results beyond a certain grid density were
independent of the grid. These grids are referred to as fine
(13,984,424 cells), normal (10,216,217 cells), medium
(6,015,018 cells), and coarse (1,372,628 cells). The simulations
were conducted under the same parameter configuration of the
heat exchanger reactor. The results of the grid independence
test, presented in Figure 3, focus on the hydroiodic acid con-
version rate at the outlet. The findings demonstrate that beyond
the fine grid, the conversion rate exhibits negligible variation
with further increases in grid density. Consequently, a fine grid
comprising a total of 13,984,424 cells was identified as having
sufficient density to ensure grid-independent solutions. This
grid configuration was adopted for all subsequent simulations.
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FIGURe 5: Temperature distribution of reactor cross section under
different helium inlet flow rates.

3.2. The Effect of Different High-Temperature Helium Flow
Rates on the Catalytic Reaction. Figure 4 illustrates the rela-
tionship between the helium inlet flow rate and the HI (hydro-
iodic acid) outlet conversion rate. As the helium inlet flow rate
increases, the HI outlet conversion rate initially rises from
8.81% to 21.08%. However, the rate of increase slows as the inlet
flow rate continues to grow. At an inlet flow rate of 60 kg/h, the
HI outlet conversion rate is 19.11%, which basically meets our
requirements for HI conversion. Although a higher helium flow
rate can increase the HI conversion rate, it also leads to energy
consumption issues, which is undesirable. Therefore, the reactor
design aims to maximize the HI conversion rate while maintain-
ing low energy consumption flow rates.

To gain a clearer understanding of the changes in HI within
the reactor and the heat transfer dynamics, a plane along the
reactor’s axial direction was selected to analyze its temperature
field and H, distribution, as depicted in Figure 5. In the pipe-
line, we assume that the temperature inside the pipeline is
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M=20kg/h
Section-h,-distribution
Mole fraction of h,
3.50e-02
3.15e-02
2.80e-02
2.45e-02
2.10e-02
1.75e-02
1.40e-02
1.05e-02
7.00e-03
3.50e-03
0.00e+00

M =40 kg/h

M =60kg/h

M =80kg/h
FIGURE 6: Mole fraction of H, distribution of reactor cross section
under different helium inlet flow rates.

uniformly distributed radially. When the helium inlet flow
rate is 20 kg/h, the exit temperature of the HI solution in the
preheating section is approximately 700 K. As the helium inlet
flow rate increases to 40 kg/h, this temperature rises to 800 K.
However, upon entering the catalytic decomposition section,
the inlet temperature at the first layer of the reaction section
decreases to around 650 K due to the endothermic nature of the
reaction. According to previous research, the optimal temper-
ature for HI catalytic decomposition is 723.15-823.15 K, which
is not favorable for HI catalytic decomposition at lower tem-
peratures. When the helium feed flow rate exceeds 60 kg/h, the
HI solution in the preheating section is heated to above 800 K.
Although the temperature slightly decreases at the entrance of
the catalytic decomposition section, it stays above the target of
750 K. Additionally, with a helium inlet flow rate above 40 kg/h,
the reactor demonstrates a relatively uniform temperature dis-
tribution within the helium channel, thereby improving heat
transfer efficiency.

Figure 6 illustrates the distribution of the mole fraction of
H, within the reactor under varying helium inlet flow rates.
When the helium inlet flow rates are 20, 40, 60, and 80 kg/h, the
positions where hydrogen production begins within the reactor
are located 1150, 950, 800, and 650 mm from the entrance of
the catalytic decomposition section, respectively. This is
because as the helium inlet flow rate increases, the HI solution
more easily reaches the temperature required for catalytic
decomposition, thus, shifting the H, generation location fur-
ther upstream. As the helium inlet flow rate increases, the mole
concentration of H, at the reactor outlet also rises. At a helium
inlet flow rate of 40 kg/h, the mole concentration of H, at the
reactor outlet is approximately 2.1%. At a flow rate of 60 kg/h,
the mole concentration at the exit of the first catalytic decom-
position section already reaches about 2.1%, with the overall
reactor outlet concentration increasing to around 3.15%. How-
ever, when the helium inlet flow rate is further raised to 80 kg/h,
the H, mole concentration at the reactor outlet reaches about
3.5%, which is only slightly higher than at 60 kg/h. However,
excessively high inlet flow rates result in significantly higher
energy consumption. Therefore, it can be concluded that a
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FiGure 7: Velocity path lines of reactor cross-section under different
helium inlet flow rates.

helium inlet flow rate of 60 kg/h offers the best hydrogen pro-
duction performance with optimal energy efficiency.

Figure 7 presents the streamlines of fluid flow inside the
reactor under different helium flow rates, with color variations
indicating changes in flow velocity. As shown in the figure, at a
helium inlet flow rate of 20 kg/h, the fluid velocity inside the
reactor remains relatively low, approximately 0.8 m/s. As the
helium inlet flow rate increases, more yellow lines, indicative of
higher flow velocities, become visible. When the helium inlet
flow rate reaches 80kg/h, red streamlines appear inside the
reactor, indicating that some fluid velocities have reached
nearly 4m/s. However, excessively high gas flow rates can
impact the pressure inside the reactor and cause some damage
to the reactor itself, so the fluid velocity must be controlled
within an appropriate range.

Furthermore, it can be observed that as the helium inlet
flow rate increases, the fluid velocity within the tube side also
rises. According to Bernoulli’s equation, this is due to the
increase in fluid temperature inside the tube, which reduces
the fluid’s viscosity, leading to reduced resistance to movement
and increased flow velocity under the same conditions. The
increase in flow velocity reduces the residence time of the HI
solution inside the tube, which in turn reduces the decomposi-
tion efficiency. This explains why the increase in the mole
fraction of H, slows down.

Considering both energy consumption and internal pres-
sure within the reactor, in order to achieve the highest possible
HI decomposition rate, a helium inlet flow rate of 60 kg/h is
suggested.

3.3. The Effect of Different Reactor Lengths on the Catalytic
Reaction. The reactor’s length is another critical factor influ-
encing the progression of the catalytic reaction. The length of
the reactor is typically expressed as the residence time of the
liquid within the reactor. We define the residence time as z:

T=—. (18)

Residence times (h)
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FiGure 8: HI export conversion rate varies with the length of reactor
and residence times.

Here, V is the volume of the reactor, which in this paper
refers to the volume of HI solution passing through, and Q
represents the volumetric flow rate of the HI fed in.

By maintaining other parameters constant (reactor dia-
meter =300 mm, baffle spacing =150 mm, helium inlet flow
rate =40 kg/h, etc.), the impact of reactor length was also inves-
tigated. The effect of reactor length on the catalytic reaction was
examined by varying the reactor lengths to 850, 1150, 1450, and
1750 mm (with corresponding baffle quantities of 4, 6, 8, and
10, respectively). The corresponding residence times are 0.047,
0.064, 0.08, and 0.097 h. Figure 8 illustrates the impact of vary-
ing reactor lengths on the catalytic decomposition rate of HI.
As the reactor length increases, the residence time gradually
increases and the catalytic decomposition rate of HI increases
from 11.73% to 26.05%. This change becomes particularly sig-
nificant as the reactor length increases from 1150 to 1450 mm,
which corresponds to an increase in residence time from 0.064
to 0.08 h. During this adjustment, the catalytic decomposition
rate improves from 15.82% to 24.14%, representing a signifi-
cant rise of 52.6%. However, as the reactor length increases
from 1450 to 1750 mm, leading to a rise in residence time
from 0.08 to 0.097 h, the rate of increase in catalytic decompo-
sition decreases significantly to 7.9%. This is because the longer
the length of the reactor (the longer the residence time), the
closer the actual conversion rate will be to the thermodynamic
equilibrium conversion rate, resulting in a gradual slowing
down of the conversion rate change towards the thermody-
namic equilibrium conversion rate. Therefore, we can conclude
that when the reactor length is 1450 mm, the HI catalytic
decomposition efficiency meets the design requirements. Fur-
ther increasing the reactor length has little impact and may
result in an overly long reactor, leading to increased energy
consumption and reduced cost-effectiveness.
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FiGure 9: Temperature distribution of reactor cross section under

different length of reactor.
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FiGure 10: Velocity path lines of reactor cross section under differ-
ent length of reactor.

Figures 9 and 10 depict the distribution of temperature and
velocity fields within the reactor under varying reactor lengths.
As shown in Figure 9, the feed fluid reaches 750 K at the outlet
of the preheating section, but a temperature drop occurs when
the fluid enters the catalytic reaction section. This is because the
decomposition of HI is an endothermic reaction that requires
the absorption of a significant amount of heat. When the reac-
tor lengths are 850 and 1150 mm, with residence times of 0.047
and 0.064 h, respectively, the temperature of the reaction fluid
is around 700 K after passing through the first catalytic reaction
section. This suggests that the residence time of the reaction
fluid is insufficient, which hinders the catalytic decomposition
of HI and adversely impacts the decomposition rate.

However, when the reactor lengths are 1450 and 1750 mm,
with residence times of 0.08 and 0.097 h, respectively, the fluid
temperature in the middle of the first catalytic reaction section
reaches around 750 K, which meets the design expectations due
to the adequate residence time. Notably, when the reactor
length reaches 1750 mm, the fluid temperature at the reactor
outlet shows a slight decrease. This is because the reactor is too
long, causing the temperature of the heated fluid to exceed that
of the heating fluid, which leads to the HI solution and its
products heating the helium gas.

As illustrated in Figure 10, with an increase in reactor
length, the flow velocity of the HI fluid at the outlets of the first
and second preheating sections gradually rises. As the reactor
length increases from 850 to 1150 mm, the outlet flow velocity
of the reactor rises from 1.6 to 2 m/s. However, as the reactor

Length = 850 mm

Section-h,-
(1=0.047h)

distribution
Mole fraction of h,
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FIGURE 11: Mole fraction of H, distribution of reactor cross section
under different length of reactor.

length is further increased, the outlet velocity decreases to 1.6
and 1.2 m/s. This is due to the thermal compensation phenom-
enon discussed earlier.

At a reactor length of 1450 mm, it can be observed that the
flow velocity inside the second catalytic reaction section is
lower than at 1150 and 1750 mm conditions. A lower flow
rate allows the HI fluid to fully contact the catalyst surface,
making the reaction more thorough. This situation occurs
because, at the 1450 mm condition, thermal compensation
has already occurred, and since its temperature is lower than
that of the 1750 mm condition, its flow velocity is also lower
compared to the 1150 and 1750 mm conditions.

To better understand the hydrogen production inside the
reactor, Figure 11 shows the mole fraction of H, across differ-
ent sections. It can be seen that regardless of reactor length, the
position where hydrogen starts to form remains at 500 mm
from the entrance of the catalytic reaction section. However,
as the reactor length increases, the fluid’s residence times and
its contact time with the catalyst are extended, which ultimately
leads to an increase in hydrogen production. As the reactor
length extends from 850 to 1450 mm, the mole fraction of H, at
the outlet increases progressively. However, when the length is
further extended to 1750 mm, the outlet mole fraction of H, is
similar to that at 1450 mm. Therefore, we conclude that a
reactor length of 1450 mm achieves the best catalytic efficiency
with lower reactor costs.

3.4. The Effect of Different Heat Exchange Tube Diameters on
the Catalytic Reaction. In addition to the helium inlet flow rate
and reactor length, the diameter of the heat exchange tubes
impacts the heat exchange area and the residence time of the
reaction, thereby affecting the catalytic reaction efficiency. By
keeping the reactor length constant at 1150 mm and the helium
inlet flow rate at 40 kg/h, we varied the diameter of the heat
exchange tubes (with corresponding adjustments in reactor
size) to investigate their impact on the catalytic reaction within
the reactor. The heat exchange tube diameters were set to 19,
25, 30, and 38 mm, corresponding to reactor diameters of 190,
250, 300, and 380 mm, respectively.

Figure 12 illustrates the impact of varying heat exchanger
tube diameters on the HI catalytic decomposition rate. As the
heat exchanger tube diameter increases, the HI catalytic
decomposition rate rises from 1.42% to 24.45%, with an
increase of up to 1621%. It is clear that when the heat exchanger
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Ficure 12: HI export conversion rate varies with the diameter of heat exchange tube.
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tube diameter is less than 30 mm, the HI decomposition rate
remains below 15%. At tube diameters of 19 and 25 mm, the
catalytic decomposition rates are only 1.42% and 8.7%, respec-
tively, indicating a slow decomposition process. Therefore, to
achieve a better decomposition rate, the heat exchanger tube
diameter should be above 30 mm and the reactor diameter
should be 300 mm.

Figure 13 shows the changes in the internal temperature
field, velocity field, and H, distribution within the reactor as the
heat exchanger tube diameter varies. From Figure 13a, it is
observed that when the heat exchanger tube diameter is
19 mm, the fluid temperature inside the tube remains around
700 K, which is inadequate to achieve the required decomposi-
tion temperature. In Figure 13b, it is evident that the small
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diameter of the heat exchanger tube causes the fluid flow rate
inside the tube to increase. Additionally, a smaller tube diame-
ter results in a higher flow rate of helium on the shell side,
which reduces the heat exchange efficiency. Consequently,
when the tube diameter is 19 mm, almost no catalytic reaction
occurs and the H, inside the reactor is nearly nonexistent.

When the tube diameter is 25 mm, as shown in Figure 13c,
a certain amount of hydrogen gas appears in the second layer of
the catalytic reaction section, with a mole fraction of 1.26%.
Compared to the 19 mm tube case in Figure 13a, the tempera-
ture in the second layer of the catalytic reaction section for the
25 mm tube reaches 800 K, meeting the required temperature
for HI decomposition. Therefore, some hydrogen is produced,
though the amount is small, which is due to the excessively fast
flow rate.

When the tube diameter is 30 mm, although the outlet
temperature of the preheating section reaches 800 K, the tem-
perature drops to around 700K after entering the catalytic
decomposition section. As a result, HI only starts to gradually
decompose at the rear of the first catalytic decomposition sec-
tion. With a flow rate of approximately 2.8 m/s, the residence
time within the tube is insufficient, resulting in a low mole
fraction of H, produced. At the reactor outlet, the mole fraction
of H, is only 2.94%.

When the tube diameter is 38 mm, as seen in Figure 13b,
both the flow rates inside the tube and in the shell side are
relatively low. The HI solution and helium have sufficient resi-
dence time and the heat exchange effect is better. From
Figure 13a, it is evident that the temperature at the outlet of
the first catalytic decomposition section reaches as high as
850 K. The adequate temperature and residence time further
promote the HI decomposition reaction. Figure 13c indicates
that, in the 30 mm case, the mole fraction of H, at the outlet of
the first catalytic decomposition section is already similar to the
mole fraction at the reactor outlet. In the 38 mm case, the H,
mole fraction at the reactor outlet increases to 4.2%.

3.5. The Relative Influence of Key Factors. To evaluate and
compare the influence of various parameters on the HI catalytic
decomposition rate, a coefficient ¢ is introduced to quantify the
relative impact of each parameter. The coefficient ¢ is defined
as:

Omax ~ Amin

:ﬁmax _ﬂmin- (19)

&

Among them, a,,, and a,;, denote the maximum and
minimum values of the HI catalytic conversion rate, respec-
tively, while /3., and f,,;, represent the maximum and mini-
mum values of the independent parameters. Using the above
research results, the ¢ value for each key factor was calculated,
as shown in Figure 14. The figure indicates that helium inlet
flow rate, reactor length, and heat exchanger tube diameter all
positively influence the HI catalytic decomposition rate. This
means that increasing the value of any of the parameters will
result in an increase in the HI catalytic decomposition rate.
Among them, the diameter of the heat exchanger tube has
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FIGURE 14: Relative influence of key factors on HI conversion.

the greatest impact on the HI catalytic decomposition rate,
while the reactor length has the smallest impact.

3.6. The Simulation Results Under Optimal Parameter
Conditions. Based on the analysis results of the above parame-
ters, we obtain the optimal parameters for the reactor design as
follows: helium inlet flow rate =60 kg/h, reactor length =
1450 mm, and heat exchange tube diameter=38 mm. A
numerical simulation of the HI catalytic decomposition reactor
was performed based on these design parameters, the catalytic
decomposition rate was found to be 27.28%, and the hydrogen
production rate is 1.364 Nm®*/h, which meets our requirements
for the HI decomposition reaction.

Figure 15 illustrates the temperature distribution within the
16 heat exchange reactor tubes. The tube corresponding to the
HI inlet position is marked at coordinate y =0, with the tube
length extending to 1450 mm. From the figure, it can be seen
that the temperature variation of each layer of tubes is similar
and the closer to the center of the reactor, the higher the tem-
perature. In tubes 4-8, the temperature first rises and then falls,
reaching the highest point at 1 m. This is because when the HI
temperature reaches around 825K, even in the absence of a
catalyst, a certain amount of HI decomposition starts, and heat
is absorbed from the surroundings. In tubes 9-13, the temper-
ature shows a gradually rising trend, but from y=0to y=1m,
the temperature remains lower than that in tubes 4-8. The
presence of the catalyst intensifies the decomposition reaction,
absorbing a large amount of heat. However, as it approaches
y=1.45m, the temperature of the heating fluid (helium) rises,
causing the temperature to gradually increase. In tubes 14-16
(with the flow direction of the fluid being from y=1.45 m
towards y=0 m), the temperature shows a decreasing trend,
but always remains above 825 K, which has a favorable effect on
promoting HI decomposition.

Figure 16 shows the molar distribution of hydrogen inside
the catalytic reaction section, specifically in tubes 9—16. The
hydrogen distribution in tubes 9-13 is consistent, as is the
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distribution in tubes 14-16. The hydrogen molar fraction
increases as the location approaches the reactor’s center. From
the figure, it can be observed that in tubes 9-13, the hydrogen
molar fraction increases gradually from approximately 0.73% at
the inlet (y=0) to around 3.6% at y=1.45m, with a rate of
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FiGure 17: Changes in pressure drop inside the heat exchange tube.

increase of 0.0198 m™". In tubes 14-16, the hydrogen concentra-
tion rises from 0.04 at the inlet (y=1.45m) to approximately
6.45% at y=0, with an increase rate of 0.01689 m™", which is
slightly lower than that of tubes 9-13. This is because the higher
hydrogen content inside the tubes inhibits the reaction, thereby
reducing the rate of hydrogen increase.

Figure 17 compares the pressure drop in the 16 tubes. In
the preheating section, where only fluid heating occurs and
even though some decomposition happens, the hydrogen pro-
duction is relatively low, so the pressure change is not signifi-
cant. The pressure drop in tubes 1-3 is around 1.6 Pa, and in
tubes 4-8, it is about 1 Pa. However, in the catalytic decompo-
sition section, due to the decomposition of HI producing H,
and I,, the pressure drop varies greatly. In tubes 9-13, the
pressure drop is approximately 877 Pa, while in tubes 14-16,
with higher hydrogen production and closer proximity to the
reactor outlet, the pressure drop reaches around 2129 Pa.

4. Conclusion

This study focuses on the catalytic decomposition reactor of
hydroiodic acid (HI) in the I-S thermochemical cycle for
hydrogen production. A shell-and-tube heat exchanger reactor
integrating a preheating section and a catalytic reaction section
was proposed and numerical simulations were systematically
conducted to analyze the effects of structural parameters and
operational conditions on reactor performance. The main con-
clusions are as follows:

4.1. Reactor Structure and Performance Optimization. By
combining a shell-and-tube heat exchanger with an activated
carbon catalyst, the reactor achieved efficient heat transfer and
catalytic decomposition. Using helium as a high-temperature
heat source, countercurrent heat exchange between the shell-
side and tube-side fluids significantly enhanced HI preheating
efficiency and reaction temperature. Numerical simulations
revealed that helium inlet flow rate, reactor length, residence
time, and heat exchange tube diameter critically influenced HI
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conversion, with tube diameter optimization showing the most
pronounced effect on reaction rate improvement.

4.2. Key Parameter Influence

e Helium flow rate: Increasing helium flow rate elevated
preheating temperature and thermal compensation
capacity in the reaction zone, but required energy con-
sumption trade-offs. A helium flow rate of 60kg/h
achieved an HI conversion rate of 27.28% and a hydro-
gen production rate of 1.364 Nm’/h, representing opti-
mal comprehensive performance.

e Reactor length and residence time: Extending reactor
length (1450 mm) and residence time (0.08 h) enhanced
reactant—catalyst contact efficiency. However, excessive
length led to insufficient thermal compensation and
increased equipment costs.

e Heat exchange tube diameter: Increasing tube diameter
(38 mm) reduced flow velocity, prolonged residence
time, and improved heat exchange efficiency, signifi-
cantly boosting HI decomposition rates. This parameter
emerged as the core optimization direction for reactor
design.

4.3. Industrialization Potential. Under optimal parameters
(tube diameter: 38 mm, reactor diameter: 380 mm, and helium
flow rate: 60 kg/h), the proposed reactor demonstrated efficient
and stable hydrogen production rates. This design provides
theoretical foundations and design references for large-scale
industrialization of the I-S cycle. By coupling external high-
temperature gas sources (e.g., nuclear or solar thermal sys-
tems), the reactor avoids energy efficiency losses associated
with traditional electric heating, offering advantages in low
energy consumption and scalability.

This study provides critical theoretical support for the engi-
neering application of clean hydrogen production technologies.
It is expected to advance the large-scale deployment of hydro-
gen energy in the energy transition and contribute to achieving
carbon neutrality goals.

Due to unchangeable factors, this article has the following
limitations: (1) The catalyst used in this article is a commercial
activated carbon catalyst, which has certain limitations on con-
version rate. Subsequent research can be carried out through
nanostructure modification or composite carrier design. (2)
This article provides a rough modeling of some industrial pro-
cesses, but further refinement can be applied to modeling the
coupling mechanisms of multiple physical fields, such as the
synergistic effect of flow reaction heat transfer. (3) Iodine—sul-
fur—hydrogen production involves the coordination of multiple
steps. This article only studied and designed a catalytic reactor
for HI decomposition, which can be integrated with other
thermochemical cycle steps (such as sulfuric acid decomposi-
tion) for system design and energy efficiency evaluation in the
future. (4) The research results of this article are numerical
simulation results, which can be used for physical reactor
design and verification research in the future.
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